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Abstract: The separation of ternary non-ideal system ethyl acetate (EtAC)/ethanol (EtOH)/water
with multiazeotropes is very important since they are always generated in the production process of
n-butanol synthesis from ethanol, which is much more difficult due to the formation of multi-
azeotrope and distillation boundary. Herein, a systematic conceptual design, optimization and
control approach for ternary extractive distillation of multi-azeotrope mixtures EtAC/EtOH/water is
proposed. In the procedure involves entrainer screening, conceptual design, global optimization,
process evaluation and robust control strategy. The optimization results demonstrate that the total
annual cost, exergy loss and carbon dioxide emissions of the proposed triple-column extractive
distillation are significantly reduced compared with those of the existing process. Dynamic
performances illustrate that the improved dual temperature and feedforward control strategy can
well handle the three product purities while two kinds of disturbances (i.e., feed flow rate and
composition) are introduced.
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1. Introduction

It is generally known that ethyl acetate (EtAC) and ethanol (EtOH) are frequently used as
organic solvent and raw material in the biochemical and pharmaceutical industries.! 2 EtAC/EtOH
mixtures are generated with water in the process of n-butanol synthesis (i.e., ethanol-to-butanol).?
However, the ternary mixture EtAC/EtOH/water is a complex system with three binary azeotropes
(i.e., EtAC/EtOH, EtOH/water and EtAC/water azeotropes) and a ternary azeotrope (i.e.,
EtAC/EtOH/water) at atmospheric pressure, which lead to the separation of such non-ideal
azeotropic system more difficult than that of other mixtures with one azeotrope via conventional
distillations.’> Therefore, developing an energy-saving process is necessary for the recovery of
valuable solvents from waste liquid from the perspective of sustainable development.®

Several unconventional distillation schemes such as azeotropic distillation’!!, pressure-swing
distillation!>'¢ and extractive distillation'’”->3 are extensively applied for separating azeotropic or
close-boiling system. Extractive distillation is frequently applied for azeotropic or close-boiling
mixtures of separation by adding a third component (denoted as entrainer) to break the azeotrope
and increase the relativity volatility of these mixtures. For example, an energy-efficient extractive
distillation scheme by changing operating pressure for separating azeotropic system
acetone/methanol using entrainer dimethyl sulfoxide (DMSO) is investigated by You et al.'®. Shen
et al.!”” reported a novel design method of an extractive distillation separation sequence for
maximum-boiling azeotropes by using heavy entrainers. Lo and Chien?° studied an efficient scheme
for separating of fert-butanol/water azeotropic mixtures via the extractive distillation. An
energy-saving extractive distillation scheme with or without heat integration for separating
tetrahydrofuran/water azeotropic system is explored by Gu et al.?*. Moreover, dividing wall column

technology is extended to the extractive distillation achieving energy efficiency by Kiss and Ignat.?.

2/46



Extractive dividing wall column is then reported by Sun et al.?® for benzene/cyclohexane separation.
Recently, extractive distillations are extended to separate ternary mixtures with one (or more)
azeotrope(s). For instance, Timoshenko et al.?’ explored several extractive distillation processes for
the separation of ternary systems with one or multi-azeotrope(s) and then they evaluated the
applicability of the extractive distillation sequences with the thermally coupled configurations. Yang
et al.?® reported a decanter assisted extractive dividing wall column configuration to separate ternary
azeotropic system methanol/toluene/water with multi-azeotrope, which can save up to 15.14%
saving of total annual cost (TAC). Three alternative ternary extractive distillation sequences for the
separation of multi-azeotrope system tetrahydrofuran/ethanol/water are explored by Zhao et al.?’.
Subsequently, this mixture is separated via the thermally coupled configuration.?! For the separation
of benzene/cyclohexane/toluene system, the thermally coupled ternary extractive distillation is
explored by Luyben.?. Different thermally coupled separation configurations (e.g., side-stream) are
reported for separating ternary system acetonitrile/benzene/methanol with multi-azeotrope.?
Entrainer screening is extremely important to design an efficient extractive distillation
process.’!> 32 A suitable entrainer could effectively reduce energy consumption in the extractive
distillation.3! Some criteria are proposed to get a feasible candidate entrainer for the azeotrope
system. Recently, Zhang et al.”> explored an appropriate method for the separation of EtAC and
EtOH azeotropic system and then they showed the entrainer DMSO is better than ethylene glycol
(EG). Hsu et al.’! reported a very simple procedure for a quick comparison of alternative entrainer
candidates before conducting rigorous process simulation. Petlyuk et al.’ proposed an approach for
the search and identification of possible splits of extractive distillations in ternary azeotropic system
and the method of infinitely sharp splits using propylene glycol (PG) as entrainer for the separation

of ternary mixtures EtAC/EtOH/water.
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Recently, the separation of ternary azeotropic system EtAC/EtOH/water through four-column
extractive distillation (FCED) process is proposed by Michaels et al., inspired from which, we
propose a systematic approach to design, optimize and control for the separation of ternary mixtures
EtAC/EtOH/water by using the triple-column extractive distillation (TCED). In this study, we first
propose an energy-saving TCED sequence to separate ternary azeotropic system EtAC/EtOH/water.
Next, a short-cut method is proposed to screen the best entrainer from the candidates through the
comparison of distance of iso- and uni- volatility lines and target component. The TCED sequence
is optimized via the complete process optimization model. Finally, a robust control scheme with
dual temperature and feedforward strategy is designed to well handle the product purities when the
feed flowrate and composition disturbances are introduced.

2. Existing process for separating multi-azeotrope system EtAC/EtOH/water

To achieve the separation of ternary system EtAC/EtOH/water with four azeotropes®?, the
FCED scheme (see Figure 1) using two entrainers (DMSO and EG) has been proposed by Michaels
et al.’. The product EtAC is obtained by introducing an entrainer DMSO to break the two
azeotropes between EtAC/water and EtAC/EtOH in the first extractive distillation column (i.e.,
EDCT1) while the entrainer is then recovered in the bottom of ERC1. Next, the top stream (D) of the
first entrainer recovery column (ERC1) and the entrainer EG are respectively fed to the lower and
upper stages of the extractive section of the second extractive distillation column (EDC2) to obtain
the overhead product EtOH. Finally, the mixtures of water and EG are separated in the second

entrainer recovery column (ERC2).
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Figure 1. Existing FCED process for separating ternary mixtures EtAC/EtOH/water with
multi-azeotrope
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Figure 2. Proposed procedure for the design, optimization and dynamic control of
EtAC/EtOH/water separation using TCED process

A systematic procedure for design and control of the ternary azeotropic system
EtAC/EtOH/water separation via the TCED process is shown in Figure 2. The proposed systematic
approach is conducted in five steps. Step 1: a best suitable entrainer for the separation is screened
by iso- and uni- volatility lines; Step 2: the thermodynamic feasibility insight and conceptual design
for separating ternary azeotropic system is analyzed via residue curve maps (RCMs) and
iso-volatility line; Step 3: the proposed process is optimized based on the sequential quadratic
solver (SQP) solver; Step 4: three indicators TAC, CO; emissions and exergy loss are introduced to
evaluate and compare the proposed and existing processes; Step 5: A robust dual temperature and

feedforward control strategy for the TCED process is proposed to well handle the products purities.
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3.1 Entrainer screening

In this study, the separation of azeotrope mixtures (i.e., EtOH/EtAC, EtOH/water and
EtAC/water) with a heavy entrainer (E) belongs to the class 1.0-1a of Serafimov’s classification.343°
The general feasibility criterion for the separation of non-ideal systems incorporating with the
RCMs and iso-volatility line is illustrated in Figure 3.

The proportion of vapor and liquid equilibrium concentration for component i (i.e., y; and x;) is

denoted as distribution coefficient (K;), which is defined in Eq. 1.

K =2t (1)

Eq. 2 gives the relative volatility a;j, which is the ratio distribution coefficient of components i
and ;.

/X
@, =2 @
EERIEY

The relative volatility features the ability of component i to transfer (evaporate) into the vapor
phase compared to the ability of component j. Component i is more volatile than component j if o>
1 and less volatile if o;; < 1. In this study, the iso-volatility curves (o = 1) are obtained via the
Distillation Synthesis tools of Aspen Plus. Uni-volatility curves (aij # 1) could be obtained via the
Flash2 module.?!

For the extractive distillation scheme, a suitable entrainer indicates low energy consumption.
The iso-volatility curve aas = 1 intersects the binary side B-E or C-E while the intersection point is
also called xp which can be used to evaluate the efficiency of entrainer.! The closer the intersection
to target component (i.e., small value of xp), the less amount of entrainer is required indicating
lower energy and capital costs.'®
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Figure 3. Extractive distillation configuration and thermodynamic features of class 1.0-1a at 100
kPa

3.2 Conceptual design

The iso-volatility curve aas = 1 curve divides the ternary diagram (ABE) into two regions, the
volatility orders are BAE in the left region and ABE in the right region (see Figure 3). In this work,
the volatility order BAE indicates that B is the first possible distillate product in this section. The
feasibility region ABE of this class is located in the lower part of the ternary diagram.*’*° Similar
analysis can be carried out for the volatility order CAE and CBE. Only when the entrainer flow rate
is larger than this minimum value, the separation is feasible and the component A could be obtained
at the distillate stream by a direct column configuration. As a result, the minimum entrainer flow

rate is the vital lower boundary when optimizing the extractive distillation process.
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Figure 4. Conceptual design process for separating EtAC/EtOH/water mixture using TCED

The conceptual design process for separating EtAC/EtOH/water mixture using TCED is
illustrated in Figure 4. Three products are obtained as distillate in three columns EDC1, EDC2, and
ERC, respectively. The optimal feed locations (i.e., Nrei, Neg2, Nr1, Nr2 and Nr3), reflux ratios (i.e.,
RR1, RR> and RR3), and entrainer flowrate (Fr1 and FE2) are obtained by the below optimization
section.
3.3 Process optimization

Herein, the complete process optimization model (CPOM) based on SQP solver*” 4! is
proposed to optimize the proposed process, it is implemented in the Aspen Plus by following two
steps,

Step 1: the convergence of the optimization process could be easy achieved for the flowsheet
of open-loop, the proposed CPOM is employed with TAC as an objective function by manipulating
16 variables under specified purities to obtain optimal operating conditions.

Step 2: the optimized operating conditions are then validated by running the Aspen Plus
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simulator in the closed-loop flowsheet where the entrainer is recycled from the bottom stream of the
entrainer recovery column (ERC) to the upper extraction section of the EDC1 and a makeup
entrainer is added.
3.3.1 Objective function

In this work, TAC is introduced to optimize the proposed TCED process. According to our

previous work!4 28, TAC is sensitive to the key operational variables (see Eq. 3).

min TAC = f(N; ), Npyy, Ny, Noys Ny s Ny, Ny, Ny, RRL RR,
RR,,D,,D,,D;, Fy,, Fy,)

3)
where Nti1, N2, and Nt3 are respectively total stages of the columns EDC1, EDC2 and ERC; Nfi,
Nr2, Nr3, Nre1 and Nrg2 represent feed locations of fresh feed and entrainer, respectively; RR1, RR>
and RR; denote the reflux ratios of three columns; D, D, and D3 stand for the distillate rates of
three columns; Fri and Fg; are the entrainer flow rates of two columns.

3.3.2 Constraints

Desired product purities are respectively defined in Eqgs. 4-7, which are executed as constraint

function in Aspen Plus.

Xane 2 X 4)
Xeon =X (%)
Xt 2 X (6)
Xiiiner > Vi (7)

where three threshold product purities are 99.90 mol% and the threshold recovery entrainer purity is
99.99 mol%.
In addition, some other rigorous constraints including mass balance, energy balance and

thermodynamic relations are implicitly in Aspen Plus, which are demonstrated in Egs. 8-9."

h(x)=0 (®)
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gx)<0

3.3.3 Variable bounds

©)

Lower and upper bounds of eight discrete variables (see Eqs. 10—17) and continuous variables

(see Eqgs. 18-25) are respectively obtained through the sensitivity analysis, which is inspired by

Santaella et al.*>. To achieve the global optimization, discrete and continuous variables are defined

in the Sensitivity/Vary and Optimization/Vary of Sensitively Analysis Tools, respectively.

Discrete variables:
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optimization model involving objective function (i.e., TAC), constraints (e.g., xpi

and xp2) and variable bounds (e.g., Nt1 and RR:) is defined as complete process optimization model
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(CPOM) for the optimization of the proposed TCED process (see in Egs. 3-25).
3.4 Economic, exergy loss, and CO: emissions evaluations

TAC involves two parts: operating and capital costs, which is proposed by Douglas* and given
in Eq. 26.

TAC=TCC

+TOC (26)

where the TCC denotes the total capital cost of the main equipment (e.g., reboiler, condenser and
column trays); the TOC illustrates total operating cost of the utilities (i.e., cooling water and steam).
Following the suggestion of Turton*, the shorter the payback period (PP), the more profitable the
project. Therefore, PP of three years is taken for calculating the capital investment in TAC.* 45 In
addition, the calculation of cost in vacuum system is reported by Seider et al.*®. The detailed
calculation of economic parameters and equipment sizing are summarized in Table S1.

The energy efficiency is another significant indicator to evaluate the proposed process.!? For a
given system, the exergy loss (El) is defined as Eq. 27, which shows the difference value between
total input and output of exergy.

El= D B, = 2 B (27)

Ex is illustrated as exergy in Eq. 28, for a given specified system which is computed via the

enthalpy (H) and entropy (S).
Ex=H-H))-T,-(S-S,) (28)

where the (H—Ho) and (S—So) represent the enthalpy and entropy difference between the specified
and the reference systems and the environment temperature (i.e., 25 °C) is denoted as 7o.
To explore the environmental impact and sustainability of the proposed process, CO:

emissions are introduced.*’>° The evaluation of CO emissions in distillation processes is a complex
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issue because of the energy required (i.e., steam) for reboiler could be produced from the
conventional energy resources (e.g., heavy fuel oil, coal and natural gas). Smith and Delaby*®
reported energy targets to compute the gas emissions (e.g., CO;) from the steam system by
considering the typical process industry utility devices such as boiler and furnaces. Following that, a
simple computation model of CO, emissions (see Eq. 29) for distillation scheme is presented by

Gadalla et al.*.

(Lua (C”’> (29)

CO,). ..
( 2 )emlsslons NHV

where a of 3.67 is the ratio of molecular weight between CO; and C, NHV denotes the net heating
value ( NHV = 39771 kJ/kg) and C% represents the carbon content and its value is 86.5 kg/kg.*’

The energy consumption of fuel (Qruel, kJ) is calculated as follows,

Dq
Xy ~419)x (TF h) (30)

seq

Oha=

where Aseq (kJ/kg), hseq (kJ/kg) and QOseq (kJ) represent the latent heat and enthalpy of the steam, and
the energy requirements of the sequence, respectively. Tr (K) is the flame temperature and 7s (K) is
the stack temperature.
3.5 Control strategy

As is well known, two kinds of disturbances (feed flow rates and compositions) always take
place in the real plant operation causing the deviation of the operating conditions from their desired
conditions. Hence, control scheme of the proposed process should be investigated to ensure
on-specification products. It is important that the obtained products purities are achieved at the
specified values (otherwise, the products cannot be sold). However, composition measurements are
expensive and often unreliable, being also characterized by large time delays. Thus, the solution is

employing the inferential control: as there is a direct relationship between boiling point and
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composition, controlling temperatures in the distillation column by manipulating other variables
(e.g., reboiler duty or reflux ratio). Sensitivity analysis and singular value decomposition (SVD)
criteria for determining the temperature-sensitive stage are proposed by Moore! and Luyben®.

In this work, n stages of the column are assumed. Therefore, the steady-state gain matrix, K,
has n rows and m columns (m represents the number of manipulated variables) and it can be
obtained via the Eq. 31. Gain matrix K is then decomposed to obtained the U vector via the SVD

function of Matlab in Eq. 32.5!

K = AC 31)
AM,,
K=U) V' (32)

where the temperature varying in stages is ACv and the change of manipulated variables is
represented as AMy. Two orthonormal matrices are denoted as U and V.
4.Results and discussion

Ternary azeotropic mixtures EtAC/EtOH/water are generated in the production process of
n-butanol synthesis from ethanol.’ The flow rates of the feed mixtures are 1124.0 kmol/h with a
composition of 53.81 mol% EtAC, 27.59 mol% EtOH, 18.58 mol% water, trace acetaldehyde (AA)
and n-butanol (BuOH) (i.e., 0.01 mol% AA and BuOH). UNIQUAC model is determined to
describe the vapor-liquid equilibrium of this multi-azeotrope complex system while binary
interaction parameters of the separation system are listed in Table S2.?
4.1 Entrainer determination

Two candidate entrainers DMSO and PG are preliminary screened from three entrainers
(DMSO, PG, and EG) based on the key physical properties as shown in Table S3. According to

feasibility criteria proposed in our previous studies'® >3, the separation efficiency of entrainer is
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further evaluated by the comparison of the intersection location of iso- and uni- volatility curve and
entrainer-one target component side edge of the triangle. The small distance of the intersection to
target component indicate that the less the amount of entrainer is needed, and the low operational
and capital costs. In order to find the best entrainer in two candidates, the iso- and uni- volatility
lines at 100 kPa for six ternary systems (i.e., EtAC/EtOH/DMSO, EtAC/EtOH/PG,
EtOH/water/DMSO, EtOH/water/PG, EtAC/water/DMSO and EtAC/water/PG) are introduced and
shown in Figure 5.

From the comparison of the intersection between one target component (i.e., EtAC, EtOH and
EtAC in Figure 5a-b, 5c—d and 5e—f, respectively) and iso-volatility, the results illustrate that the
entrainer DMSO is better than the entrainer PG. Besides, the intersection between one target
component and uni-volatility of DMSO is also small than that of PG. In summary, the ability of
enhancing relative volatility of three azeotropes using entrainer DMSO 1is superior to that using
entrainer PG. Hence, the entrainer DMSO is finally determined to be used in the separation of

azeotropic mixtures EtAC/EtOH/water.
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Figure 5. Iso- and uni-volatility lines at 100 kPa for (a), (b) EtOH/EtAC, (c), (d) EtOH/water and
(d), (f) EtAC/water using entrainer DMSO and PG, respectively
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4.2 Conceptual design

To conceptually design the TCED process, the operating pressure and possible product
volatility orders can be obtained via the analysis of RCMs and uni-volatility lines for three ternary
systems EtAC/EtOH/DMSO, EtOH/water/DMSO and EtAC/water/DMSO, respectively. The

EtAC-EtOH-DMSO represents the component EtAC is the first distillate product (see Figure 6a).

Similar observations can be obtained from parts of Figure 6b—c.
EtAC

‘Water

(a) x»=0.21 @ 40 kPa (b)
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Figure 6. RCMs, uni-volatility lines, and volatility orders of ternary mixtures for (a)
EtAC/EtOH/DMSO, (b) EtOH/water/DMSO and (c) EtAC/water/DMSO

The operational pressures of three columns are determined by two key criteria: (1) a pressure
increases the volatility of azeotropic mixtures!® and (2) a pressure permits the use of cooling water
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in the condenser?. Pressures of 40, 30 and 15 kPa are determined for the columns EDC1, EDC2
and ERC to permit the use of cooling water in the condenser. Furthermore, the values of xp at 40, 30
and 15 kPa are less than those of at 100 kPa, resulting in the less entrainer are needed for the
separation process.
4.3 Optimization results

Optimization results of the proposed TCED process including 213 designs (see Table S4) are
eventually obtained via the CPOM. The global optimization model, CPOM, is used and the
computation is carried out on the desktop with Intel Core 15-7400 CPU@3.00GHZ, 8 GB memory

(about 2 h).
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Figure 7. Optimal TCED process for separating EtAC/EtOH/water system using entrainer DMSO
The proposed optimal TCED process for the separation of ternary azeotropic system
EtAC/EtOH/water with DMSO as entrainer is presented in Figure 7. The optimal total numbers of
stage for the three columns are 38, 42 and 21, respectively. The fresh feed and entrainer stream are
respectively fed to 5th and 26th stages in the column EDC1. The EtAC production with high purity
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99.90 mol% is obtained at the top of the EDC1. The bottom stream (B1) and entrainer (£2) are then
respectively fed to 3th and 30th stages of the column EDC2 and the EtOH of 99.90 mol% is
distillated. Finally, the bottom stream of EDC2 is fed to the ERC to distillate the 99.9 mol% water

and recover 99.99 mol% DMSO.

AZEOR(AC/FEtOH /

p MM
[, = F2

B,= F\‘\S\"'IDq

v

EtOH azeogion/water AZ€OE(AC/ELOH/ Water Water

Figure 8. Material balance lines for separating azeotropic system EtAC/EtOH/W using TCED

Figure 8 gives the material balance lines of the optimal TCED process. The fresh feed denoted
as F is mixed with an entrainer stream denoted as E1 (DMSO) as an input (M1) for the column
EDCI1. The mixture stream M; is separated into distillate product denoted as D; (EtAC) and bottom
non-product stream Bi. Stream B is fed to the column EDC2 to obtain EtOH with 99.90 mol% at
overhead D stream and a mixture B> (water and DMSO) is obtained at the bottom. The mixture B>
is then sent into the column EDC, high purity of DMSO (£2) is obtained at the bottom stream and
then is recycled to the columns EDC1 and EDC2.

Table 1. Comparison of the optimal design among FCED and TCED processes

Existing FCED Proposed TCED

Nt1 40 37
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N12 20 42

N3 40 21

N4 20 -

Fe1 (kmol/h) 987.000 781.957
Fez (kmol/h) 707.600 386.433
Oc1 (MW) 9.270 10.244
Or1 (MW) 11.440 11.611
Oc2 (MW) 7.680 8.577
Or2 (MW) 9.290 10.965
Ocs (MW) 3.860 6.032
Or3 (MW) 6.520 5.879
Ocs (MW) 5.240 -

Ors (MW) 5.920 -

Cost of vacuum system (x10° $/y)  0.256 0.287
TOC (x10° $/y) 3.687 3.060
TCC (x10° $) 7.418 6.693
TAC (x10° $) 6.160 5.291
Saving (%) 0.00 14.11

Table 1 summarizes the computational results of TOC, TCC and TAC of the two processes.
The TAC of the process TCED is by 14.11% lower than that of the referenced process FCED
mainly attributing to lower TOC and TCC.

Table 2 gives a comparison of exergy loss and CO; emissions among the processes of TCED
and FCED.

Table 2. Results of CO; emissions and exergy loss of the two separation configurations

Existing FCED Proposed TCED

Or1 (MW) 11.440 11.611

Or2 (MW) 9.290 10.965

Or3 (MW) 6.520 5.879

Ors (MW) 5.920 -

Ototat MW) 33.170 28.455

Total exergy loss (MW) 4.472 3.789

CO; emissions (t/h) 11.213 9.619

The EI and CO, emissions for the proposed TCED process are more efficient and
environmentally-friendly with 15.23% and 14.22% savings compared to the existing FCED process.

In summary, the proposed TCED process is not only economical but also environmental-friendly
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and lower exergy loss.

4.4 Dynamic results

4.4.1 Determination of temperature control point

For the design of control scheme, locations of temperature—sensitive stages in distillation
columns are first determined. Open-loop sensitivity analysis results on temperature profiles of three

columns are displayed in Figure 9a—f. In this process, a very small +£0.1% step to each manipulating

variable is given while the other manipulating variables are fixed.
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Figure 9. Open-loop sensitivity analysis results on temperature profiles in (a), (b) EDCI, (c), (d)
EDC2 and (e), (f) ERC by varying £0.1% reboiler duty and reflux ratio

The temperatures on stage 30, 33 and 4 (i.e., T30-pc1, T33-Epc2 and T4grc) have large peaks that
can be determined as a temperature-sensitive stage to maintain product purities from.

Table 3. Gain and integral time for tray temperature controllers using Tyreus—Luyben tuning
method in three control strategies CS1, CS2 and CS3

controllers  tuning parameters controller action CS1 CS2 CS3
TC1 Kc reverse 0.638 0.638 0.609
71 [min] 22.440 22.440 23.760
TC2 Kc reverse 0.819 0.819 0.822
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71 [min] 21.120 21.120 19.800

TC3 Kc reverse 0.368 0.368 0.357
71 [min] 19.800 19.800 18.480

TC4 Kc reverse 0.210 0.210 0.210
71 [min] 9.240 9.240 9.240

TC5 Kc direct - 1.087 1.087
71 [min] - 29.040 29.040

The tuning parameters integral time (t1) and gains (Kc) of temperature controllers are given in
Table 3, which are obtained via the Tyreus—Luyben approach (see in Egs. 33—34).5* Disturbances of
flow rate and composition are interposed at # = 1 h to assess the dynamic performances of the

proposed TCED scheme, which is illustrated as below.
K. =K, /3.2 (33)

T, =2.2P; (34)
4.4.2 Basis control strategy with fixed reflux ratio (CS1)

Based on the control scheme of the conventional extractive distillation system and the
suggestions of Zhang et al.*®, the basic control scheme of the TCED is proposed. Figure 10
illustrates the basic control scheme for the separation of EtAC/EtOH/water using TCED. The
detailed control loops are summarized as below.

(1) Flowrate of fresh feed is maintained by controlling the valve opening (reverse acting);
(2) Operating pressures of all columns are controlled through manipulating the condenser duty

(reverse acting);

(3) Distillate rates are used to control the levels of reflux drum (direct acting);

(4) Levels of sump in the EDC1 and EDC2 are maintained by adjusting the product rate of
bottoms (direct acting);

(5) Sump level in the ERC is controlled by adjusting the makeup flow rate (reverse acting);

(6) Distillate and reflux rates are proportionated;
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()
(8)
)

(10)

The entrainer flow rate of the EDC2-to-flow rate of EDC1 bottom is fixed;

Total flow rates of entrainer and feed are proportionated;

The temperature of recycled entrainer is controlled at 50 °C via the manipulation of the
condenser duty (reverse acting);

Reboiler duties are manipulated through the temperature of the corresponding
temperature-sensitive stage (reverse acting).

Kc of 0.5 and 11 of 0.3 min are suggested for feed controllers (i.e., FC and FCio).'> * K¢ and 1

of all pressure controllers (i.e., PC1, PC2 and PC3) are set as default values 20 and 12, respectively

and Gain Kc = 2 and a large integral time 11 = 9999 min are given in all level controllers (i.e., LC1,

LC2, LC3, LC4, LC5 and LC6).37- % In addition, dead time with 1 min is inserted to all temperature

control loops (i.e., TC1, TC2, TC3 and TC4).%-%8
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Figure 10. Basic control structure with fixed reflux ratio for separating EtAC/EtOH/water using

TCED
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Figure 11. Dynamic responses of CS1 under £10% feed flow rate disturbances
Figure 11 illustrates the dynamic performances of the basic control strategy for the TCED with
DMSO as an entrainer by interposing + 10% feed flow rates disturbances. TCED process could
reach at a new stable condition with 4 h. At present, the products purities of EtAC, EtOH and water
are respectively 99.9066, 99.9161 and 99.9235 mol% by decreasing 10% feed flow rates while the
product purities are respectively 99.8900, 99.9102 and 99.9110 mol% by increasing 10% feed flow

rates. Hence, products purities of EtAC, EtOH and water are maintained close to their specified

purities.
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Figure 12. Dynamic responses of CS1 under +10% feed composition disturbances

The dynamic performances of the basic control strategy for the TCED are illustrated in Figure
12. The purities of EtAC, EtOH and water are respectively 99.9126, 99.9431 and 99.8052 mol%
close to their specified values (+10% feed composition disturbance) when the new steady-state
arrives. The decreasing 10% feed composition disturbance (i.e., 48.73 mol% EtAC) is added, EtOH
and water purities are controlled to their specified points. Of note is that purity of EtAC could not
be effectively controlled (from 99.9000 mol% to 98.9977 mol%). Consequently, the temperature
control structure could not efficiently manage the feed disturbances.
4.4.3 Dual temperature control strategy (CS2)

To overcome the issues of large vibration in the product purity of EtAC facing -10%
composition disturbance (i.e., red solid line in Figure 12a), another temperature-sensitive stage is
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then selected to manipulate the reflux ratio of the column EDC1. However, there are existing two
similar peaks on 20th and 30th stages, which are both sensitive to the changes of Ori and RR; (see
in Figure 9a-b). Following the suggestion of Moore’! and Luyben®, the SVD method is used to

select positions of control point for multi-variable system by decomposing the steady-state gain

matrix.
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Figure 13. (a) steady-state gains and (b) SVD analysis results

Figure 13a—b demonstrates the results of steady-state gains and SVD for the changes of RR;
and Qkri, respectively. The temperature on 20th stage (7>0-epc1) of EDC1 has large U2 vector values
for the change of RR; and could be used to handle top product purity by adjusting RR;. The
temperature on 30th stage (730-epc1) of C1 gives the large U1 vector values to the change of Ori and
should be selected to adjust Ori. Following that, the dual temperature control scheme of the TCED
is designed and shown in Figure 14. Two temperature control loops are added, in which
temperatures of 20th and 30th stages in the EDC1 are controlled through adjusting the RR; and QOki,
respectively. It should be noted that the controller action of the TCS is direct (i.e., increasing reflux

ratio as the temperature increasing).
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Figure 14. Dual temperature control strategy for the proposed TCED process
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Figure 15. Dynamic responses of CS2 under +£10% feed flow rate disturbances

The dynamic performances with £10% feed flow rate disturbances are demonstrated in Figure
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15. The products purities of EtAC, EtOH and water are gotten back to their specified values (about
2 h) when the flowrate is increased to 1236.4 kmol/h and is decreased to 1011.6 kmol/h. In

summary, the products purities could be controlled to specified values facing the disturbances of

feed flowrate.
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Figure 16. Dynamic responses of CS2 under +10% feed composition disturbances

Dynamic performances of the dual temperature control scheme by adding +10% feed

disturbances of composition are shown in Figure 16. The products purities of EtAC, EtOH and

water could be gotten back to their specified values (3h). For the decreasing 10% feed composition,

the products purities of EtAC, EtOH and water are 99.9263, 99.8556 and 99.9304 mol%,

respectively. For increasing 10% feed composition, they are 99.8584, 99.9427 and 99.8067 mol%.

In summary, dual temperature control scheme has advantage for the same disturbances. Of note is

28/46



that the large of peak transient deviations and offsets in the CS2 are also existed. Hence, a more
robust feedforward control strategy is studied in the following section.
4.4.4 Improved QOr/F control structure (CS3)

To improve the disturbance rejection capability of the dual temperature control scheme CS2,
feedforward structure Qr/F is proposed and illustrated in Figure 17. Three multipliers (Qri/F1,

Oro/F> and QOr3/F3) are added in the improved control structure CS3.
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Figure 17. Improved QOr/F control structure for the proposed TCED process
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Figure 18. Dynamic responses of CS3 under +10% feed flow rate disturbances

Dynamic performances of the proposed robust control scheme CS3 are illustrated in Figure 18

EtAC purities of distillate in the EDCI1 are 99.9035 and 99.8941 mol%, respectively, which are

close to their specified value (i.e., 99.9000 mol%). Dynamics performance of EtOH and water could

be seen from Figure 18c—f.
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Figure 19. Dynamic responses of CS3 under +10% feed composition disturbances

Feed disturbances of compositions (i.e., 59.19 and 48.43 mol% EtAC) are introduced to assess

the dynamic performance of the proposed control scheme CS3 (see Figure 19a—f). The product

purities could be quickly gotten back to their desired values (i.e., 3h) under fresh feed composition

disturbances.

4.4.5 Comparison of three control structures

In order to clearly observe the dynamic performances of three control schemes more intuitively,

comparison of dynamic responses between CS1, CS2 and CS3 under +10% feed flow rates and

composition disturbances are demonstrated in Figures 20 and 21.
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Figure 20. Comparison of dynamic responses between CS1, CS2 and CS3 under +£10% feed flow
rate disturbances

Figure 20 illustrates the comparison of dynamic responses between CS1, CS2 and CS3 under
+10% feed flow rates disturbances. Compared to the scheme CS1, CS2 and CS3 exhibit similar
dynamic responses with small offsets while rejecting the disturbances in -10% feed flow rate (see
Figure 20a, ¢ and e). At the same time, small offsets of the purities for EtOH and water has also
exhibiting in control strategies CS2 and CS3 (see Figure 20d and f). In contrast, the dynamic
responses of product purities EtAC in scheme CS3 have relatively larger offsets than those in CS2

scheme (see Figure 20b) when the +10% feed flow rate disturbances are introduced at =1 h.
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Figure 21. Comparison of dynamic responses between CS1, CS2 and CS3 under £10% feed
composition disturbances

Figure 21 shows the comparison of dynamic performances between CS1, CS2 and CS3 under
+10% feed composition disturbances. Compared to the basic control scheme CS1, improved control
strategies CS2 and CS3 display similar dynamic performances with small offsets while rejecting the
disturbances in -10% feed composition (see Figure 21a, ¢ and e). Meanwhile, small offsets of the
purities of EtOH and water has also exhibiting in CS2 and CS3 (see Figure 21d and f). In contrast,
the dynamic responses of EtAC product purities in CS2 and CS3 schemes have relatively larger
offsets than those in CS1 scheme (see Figure 21b) when the +10% feed composition disturbances
are introduced at # = 1 h. To obtain the higher purity of EtAC, the temperature of extractive and
rectifying sections should be increased compared with the specified values for the +10% feed
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composition disturbances (see Figure 21b). However, in the control structure CS1, the temperatures
of stripping section in column EDCI could be maintained at their specified values via the
temperature controller TC1 while these of extractive and rectifying sections could not be well
controlled (i.e., greater than the specified value of temperature resulting in higher EtAC
concentration). In both control schemes CS2 and CS3, the temperatures of extractive and rectifying
sections could be controlled (i.e., equal to the specified value) through two temperature controllers
TC1 and TCS. Therefore, the final EtAC concentration in the distillate is increasing for CS1 and
decreasing for CS2 and CS3 when +10% feed composition disturbances are introduced.

The improved control strategy CS3 with dual temperature and feedforward structures can
handle the £10% feed flow rates and -10% compositions disturbances more effectively than control
structures CS1 and CS2. It is worth noting that the purity of EtAC (+10% composition disturbances)
could not been well controlled through the improved CS3 because of the temperatures of two
controllers TC1 and TC5 are fixed. Therefore, more robust control structure (e.g., temperature
difference) will be studied to overcome this issue in the further work.
5.Conclusions

In this work, a systematic procedure for optimal deign and robust control of the
EtAC/EtOH/water system separation through the triple-column extractive distillation (TCED)
process is proposed. First, the suitable entrainer DMSO is determined via the iso- and uni- volatility
lines from two candidate entrainers DMSO and PG. Second, the conceptual design of the TCED
process is designed by using residue curve maps. The thermodynamic insights results indicate that
EtAC, EtOH and water are distillated in three columns, respectively. The proposed process is then
optimized based on the global optimization model, CPOM, by using TAC as an objective function.

34/46



The proposed TCED process is more attractive with lower TAC, CO; emissions and exergy loss
indicating that the proposed process is much suitable and effective for separating this ternary
mixture EtAC/EtOH/water with multi-azeotrope. Finally, an improved control scheme CS3 with
dual temperature and feedforward is reported based on the criteria singular value decomposition to
control product purities close to their specified values.

Of note is that the proposed systematic method could be widely used for the separation of other
ternary multiazeotropes systems methanol/water/tetrahydrofuran and acetonitrile/methanol/water to
separate the valuable resources and pursue sustainable development. Furthermore, the improved
robust control scheme could provide a theoretical guideline for the control of multi-variable control
loops. Besides, the heat integration and thermal coupled processes for separating EtAC/EtOH/water
mixture will be further investigated in another work.
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Nomenclature

TAC = total annual cost, x10° $

TOC = total capital cost, x10° $

TCC = total operating cost, x10° $

El = exergy loss, MW

Ex = exergy, MW

SVD = singular value decomposition

SQP = sequence quadratic programming

CPOM = complete process optimization model

FCED = four columns extractive distillation

TCED =triple-column extractive distillation

EtAC = ethyl acetate

EtOH = ethanol

RCMs = residue curve maps

RR = reflux ratio

Nt = total number of stage
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Nr = feed location

Fr = entrainer flow rate, kmol/h

D = distillate flow rate, kmol/h

PP = payback period

EDC = extractive distillation column

ERC = entrainer recovery column

K = steady-state gain matrix

ACv = change in stage temperatures

AMy = step change in manipulated variables
U = orthonormal matrix

V = orthonormal matrix

Kc = gain

71 = integral time, min

Or/F = reboiler duty-to-feed ratio, GJ/kmol
NHYV = the net heating value, kJ/kg

C% = carbon content

o = the molar mass ratio of CO; and C

Oruet = the energy requirements of the fuel, kJ
Aseq = latent heat of the steam, kJ/kg

hseq = enthalpy of the steam, kJ/kg

Oseq = the energy requirements of the sequence, kJ
Tr = the flame temperature, K

Ts = the stack temperature, K
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H = enthalpy of the system, kJ/kg

Hy = enthalpy of the reference, kJ/kg

S = entropy of the system, kJ/kg

So = entropy of the reference, kJ/kg

EG = ethylene glycol

DMSO = dimethyl sulfoxide

PG = propylene glycol
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