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Abstract: 2-methoxy-2-methyl-heptane (MMH) plays a key role in reformulated

gasoline industry due to fewer environmental impacts than methyl tert-butyl ether.

Thus, the design of MMH production process has received substantial attention. In

this work, we propose a different pressure thermally coupled reactive distillation

(DPTCRD) process for the synthesis of MMH aiming at reducing in energy

requirements and improvement in environmental benefits. The key design variables

are optimized to evaluate the economic feasibility of designed process. Furthermore,

the heat integration strategy has been further explored by the application of heat

exchanger network based on the observation of the temperature-enthalpy diagram to
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fully utilize the redundant duty in DPTCRD system. The results demonstrate that the

total annual cost of the heat integration-DPTCRD (HI-DPTCRD) is reduced by

29.17% than that of conventional reactive distillation process. In addition, CO2

emission of the proposed HI-DPTCRD is decreased by 75.04% compared with that

through the existing process.

Keywords: Energy-saving; Different pressure thermally coupled technique; Reactive

distillation; Heat integration; 2-methoxy-2-methyl-heptane synthesis

Nomenclature

MMH 2-methoxy-2-methyl-heptane

MTBE methyl tert-butyl ether

MH 2-methyl-1-heptene

MeOH methanol

DME dimethyl ether

MHOH 2-methyl-2-heptanol

TAC total annual cost

RD reactive distillation

HI-RD heat integration-RD

DPTCRD different pressure thermally coupled reactive distillation

HPC high-pressure column

LPC low-pressure column

VLE vapor-liquid equilibrium

HEN heat exchanger network
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HI-DPTCRD heat integration-DPTCRD

HCC hot composition curve

CCC cold composition curve

1. Introduction

As a new candidate of oxygenated fuel additive, 2-methoxy-2-methyl-heptane

(MMH) has significant advantages in boosting octane number in gasoline than methyl

tert-butyl ether (MTBE) [1]. Moreover, MMH can effectively avoid the groundwater

contamination problems caused by MTBE due to the higher molecular weight that

exhibits significantly decreased solubility [2]. Therefore, to gain financial and

environmental benefits, the synthesis of MMH has received considerable attention

from chemical and petroleum industries [1-3].

Generally, MMH is produced by 2-methyl-1-heptene (denoted as MH) and

methanol (called as MeOH) reacting in an etherification reaction system [4]. It is also

worth noting that the reaction of MeOH and MH to produce two by-products dimethyl

ether (represented as DME) and 2-methyl-2-heptanol (i.e. MHOH) is undesirable.

Thus, several effective designs such as excess of MH have been investigated to obtain

the desired product MMH with higher yields. However, large capital and energy

investments are demanded in those designs. To overcome the above mentioned

problem, Griffin et al. [4] explored the relationship of equilibrium constant and

optimum design parameters in the production of MMH. Following that, the optimum

parameters (i.e. reactor sizes and the ratio of recycle and feed flowrate) have been

investigated to save capital and operating costs [2]. Besides, the integration of
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reaction and separation process into one single operation vessel is called as reactive

distillation (RD) attracted considerable attentions in the reduction of capital costs and

energy consumption. In addition, RD has dominating advantages in the reversible

reaction due to the increasing of reaction equilibrium by quickly removing products [5,

6]. Thus, RD process has been investigated by many studies [7-10]. For instance,

Moraru et al. [11] proposed an energy-efficient RD for the synthesis of 2-Ethylhexyl

acrylate and they demonstrated that the energy investments of the RD process are

decreased by 22.22% compared with the reaction-separation-recycle process. The

feasibility of RD for MMH production has been proved and an intensified RD

configuration with different heat integration sequences has be proposed [3], which can

save 36.7% in energy consumption than that of convention process.

To further reduce energy consumptions, several energy-saving approaches such

as reactive dividing-wall column [12-14], vapor recompression heat pump RD [15-17],

and different pressure thermally coupled reactive distillation (DPTCRD) [13, 18, 19]

have been investigated. Generally, the RD column is divided into a high-pressure

column (HPC) and a low-pressure column (LPC) in DPTCRD process to satisfy the

demand of heat transfer temperature difference resulting in the heat-integration of top

vapor stream from HPC and reboiler of LPC. The synthesis of tert-amyl methyl ether

using DPTCRD has been investigated and it saved 6.56% of TAC compared with

traditional RD process [20]. Li et al. investigated the application of attractive

DPTCRD technique in the hydrolysis of methyl acetate leading to TAC savings of

7.49% [19].
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As is well known, heat integration technique as another effective tool to enhance

energy efficiency and reduce energy investments in distillation system has recently

attracted considerable attentions [21-27]. For example, Gu et al. explored the

application of heat integration in an energy-efficient lower pressure extractive

distillation for separating tetrahydrofuran-methanol-water mixture [28]. The

combination of heat integration and vapor recompression design for pressure swing

distillation has been investigated to improve energy efficiency [29]. Novita et al. [23]

proposes an energy-saving process for the synthesis of ethyl levulinate using the

thermally coupled RD with heat integration resulting in TAC savings of 10.5%

compared with conventional RD process.

The contribution of this study is proposing a novel MMH production process

through reactive distillation combining DPTC and heat integration technologies,

which makes full use of latent and sensible heats in this system and achieves better

economic and environmental performance. Moreover, a systematic procedure

including design, optimization, heat-integration analysis and evaluation for the novel

MMH production process is presented. Firstly, the DPTCRD process for MMH

synthesis is design to save energy consumptions and capital costs. Then, sequential

iterative optimization is applied to obtain optimal key design variables. Following that,

the analysis of the temperature-enthalpy diagram and heat exchange network aiming

to improve energy efficiency is utilized to design the heat-integration scheme for

DPTCRD process to further save energy consumption. Finally, the TAC and CO2

emission are introduced to evaluate the proposed configurations from economic and
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environmental aspects.

2. The existing MMH production process

Hussain et al. [3, 30] proposed the RD configurations for the synthesis of MMH

to achieve lower energy costs and TAC, as illustrated in Fig. 1. The RD column

including reactive and stripping section has 35 total stages operated at 1.77 atm.

Notice that reactive section runs from stage 2 to stage 12. The low-boiling reactant

MeOH stream is introduced at the bottom of the reaction section (i.e., stage 13), while

the MH stream combined with a recycle stream is fed at stage 1. The distillate from

the RD column is fed at stage 5 of C2 column. Column C2 with a 12 stages aims to

deliver high-purity DME as the distillate. Column C3 with 15 stages receives a feed

stream at the stage 8 from the bottom of the RD column. The distillate product of

Column C3 is MMH with 99.9 mol% while the bottom is undesired MHOH with 99.9

mol%. To further save energy consumption, Hussain et al. explored the

heat-integration scheme of RD process [3]. Fig. 2 describes the best heat-integration

RD (HI-RD) process for MMH production.

3. Methodology

We propose a systematic procedure for optimal design and evaluation of the

MMH synthesis process by combining DPTCRD and heat integration technologies, as

described in Fig. 3. First, the existing MMH production process (i.e. RD process) is

simulated as a reference to verify the economic feasibility of alternative process. Next,

alternative configuration combining the energy-saving technique with existing RD

process is proposed to save energy consumptions. Then, the process simulation and
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optimization are performed to obtain optimal key operational design parameters.

Following that, heat integration for the proposed alternative configuration has been

investigated to further save energy costs. Finally, the economic and CO2 emission

evaluation are applied for the comparison of the existing MMH production process

and proposed alternative configurations from both financial and environmental views.

3.1 Reaction kinetics and thermodynamics

In the MMH synthesis reaction system, MMH is produced by the reversible

etherification reaction of MH with MeOH, which is expressed in Eq. 1. However, an

irreversible reaction between MeOH and MH represented by Eq. 2 occurs in this

system resulting in the production of DME and MHOH.

MeOH MH MMH  (1)

MeOH MH DME MHOH   (2)

The kinetics for MMH etherification reaction has been investigated by Luyben [2]

and Griffin et.al [4]. The reaction mechanism over an acid resin catalyst Amberlyst

35Wet is described by a pseudo-homogenous model based on the catalyst weight and

mole fraction (x) of the components involved [31]. The corresponding rate equations

can be expressed as Eqs. 3 and 4,

MeOH MH MMH1 1 f 1rr k x x k x     (3)

MeOH( )22 2r k x  (4)

where r1 and r2 are the reaction rates of two reactions involving in the etherification of

MeOH with MH. k1f and k1r are the forward and reverse reaction rate constant of the

reaction for synthesizing MMH, respectively. k2 stands for the reaction rate constant



8

of the side reaction to produce DME and MHOH. Table 1 presents detailed kinetic

parameters in Eqs. (3) and (4). Notice the activation energy of the forward reaction is

larger than that of the reverse reaction. Therefore, high reactive temperature is

beneficial for increasing of conversion. However, the reactive temperature must be

lower than permissible catalyst deactivation temperature (423 K) [3]. In this work, the

catalyst loading is 600 kg/stage in reactive section.

Herein, the simulation of MMH production process is conducted via a rigorous

model provided by Aspen Plus. Of note is that components MMH and MHOH are not

available in the Aspen databank. As such, both MMH and MHOH are generated via

the molecular structures (shown in Fig. 4). In the MMH synthesis system, the

UNIQUAC activity coefficient model has been utilized to describe the vapor-liquid

equilibrium (VLE) relationship following the suggestion of Luyben [2]. However,

only binary interaction parameters between MeOH and DME are available in the

built-in UNIQUAC thermodynamic model. Thus, other separations revolved in this

study are assumed as ideal VLE behavior according to the study of Hussain et al. [3].

3.2 Proposed novel DPTCRD configuration

Distillation technologies have been widely used for separating liquid mixtures in

petroleum and chemical industries, whose major obstacle is the huge energy

requirements [2]. RD has been investigated to achieve high energy-efficiency via the

comprehensive utilization of the reaction heat. Aiming to further reduce the energy

requirements, several energy-saving methods (e.g. DPTCRD, dividing-wall

distillation and heat-integration techniques) have been applied to RD process [10].
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Thus, we propose a novel DPTCRD process for the synthesis of MMH to save energy

costs.

The application of DPTCRD in the synthesis process of MMH to reduce capital

costs and energy investments is presented in Fig. 5. The RD column is divided into an

HPC worked as reactive section and an LPC served as stripping section. The bottom

liquid stream of the HPC flows into the top of the LPC and the top vapor stream of the

LPC is compressed and then driven to the bottom of the HPC. The latent duty of top

vapor stream in HPC is used as the heat source for the reboiler of the LPC. The

distillate in the HPC is fed to C2 column to deliver the high-purity DME as the

by-product, while the unreacted MH containing a little bit of MeOH is recycled to

HPC. The bottom stream in the LPC is fed to C3 column to obtain the product MMH

with a purity of 99.9 mol%. To make a fair comparison, the yield of MMH in

proposed DPTCRD process is set to 99% to keep same with that of existing

MMH-RD process.

3.3 Process simulation and optimization for DPTCRD

The simulation of the proposed process for MMH production based on the

existing RD process has been conducted [3], and the results are used to provide a

starting point for the simulation of proposed alternative process. Table 2 illustrates the

design parameters of RD process. The DPTCRD process for MMH production

consisted of four columns (i.e. HPC, LPC, C2 and C3) and a single compressor, which

designed as the following steps:

(1) Divide the RDC into HPC and LPC. The operating pressure of HPC is same
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with RDC while the operating pressure of LPC is decreased to meet heat transfer

requirements.

(2) Drag a vapor stream that leaves the LPC from stage 1 and connect it to the

compressor whilst output stream is connected to the bottom of the HPC.

(3) Set an outlet pressure compressor equaling to the pressure of the bottom in

HPC.

(4) Set one design specification using Design Spec/Vary function until satisfying

the specified yield through varying the flowrate of vapor stream driven to HPC.

(5) Set four design specification for C2 and C3 column using Design Spec/Vary

function until satisfying the specified mole purities of DME, MH recycle, MHOH and

MMH through varying the distillate rate and reflux ratio of C2 and C3 column.

In the preliminary design of DPTCRD process, the design variables (i.e. the total

number of stages, feed locations and operating pressure etc.) are kept same with RD

process and will been further optimized. More detailed descriptions on the design of

equipment size are presented in section 3.5 Economic and CO2 emissions evaluation.

Sequential iterative optimization is utilized in this study to determine optimal

design variables under the specified product purities. In this system, the design

variables include the total stages of LPC (NLPC), total stages of C2 (NC2), total

stages of C3 (NC3), the feed locations of C2 (NFC2) and C3 (NFC3). According to

the study of Wang et al. [32], this optimization procedure consists of the inner

iterative loop (NFC3 and NFC2) and the outer iterative loop (NLPC, NC2 and NC3).

The procedure of sequential iterative optimization for the DPTCRD system is
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presented in Fig. 6. During the optimization, the mole purities of MMH, MHOH,

DME and MH recycle are defined in the ‘Design Spec’ function to meet their product

specifications by manipulating the reflux ratio and distillate rate of C2 and C3,

respectively. TAC is defined as the objective function via ‘Calculator Tools/Fortran’

in Aspen Plus [33, 34]. The lower and upper bonds of design variables are adjusted if

the TAC is not obtaining the minimum value in optimizing procedure. After all design

variables was well optimized by this procedure, the minimum TAC and corresponding

design variable would be obtained [35].

3.4 The heat integration of optimal DPTCRD

Heat integration between process streams can bring both economic benefits (i.e.,

the lower energy consumption) and environmental benefits (i.e., a reduction in CO2

emissions) [36]. Firstly, a temperature-enthalpy diagram as an efficient tool in the

analysis of the energy consumption and utility requirements is utilized to illustrate the

feasibility of heat integration. Then, to comprehensively utilize the heat duty of hot

streams in the process, heat exchanger network (HEN) using pinch analysis has been

explored to save investments of energy [37]. Finally, the heat integration-DPTCRD

(HI-DPTCRD) process with the optimal HEN is simulated to verify the feasibility of

the HI-DPTCRD.

3.5 Economic and CO2 emissions evaluation

TAC, as most frequently criteria in the financial evaluation for chemical process,

is introduced to assess the economic performance of different designs and detailed

economic analysis in terms of TAC is presented in this section. TAC is defined by Eq.
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5 [9, 38].

payback peri
CCTAC E

od
C  (5)

where CC denotes capital costs summing up the cost of column shell, trays,

condensers, reboilers, heat exchangers and compressor. The detailed calculation of

equipment sizing and capital costs estimating formulas are shown in Table 3 [10,

38-42]. Aspen tray sizing is utilized to estimate the column diameters of LPC, C2 and

C3 with the maximum flooding of 80% and the number of theory trays is adopted for

calculating the column height with the tray spacing in the columns of 0.6096 m. Each

reactive stage in the RDC involves liquid holdup of 0.75 m3 that gives a weir height

of 0.152 m for the RDC with a diameter of 3.74 m. EC denotes annualized energy

cost including the costs of steam, coolant, catalyst and electricity. The corresponding

utility prices are illustrated in Table 3 [24, 38]. Herein, the payback period is set as 3

years to make a fair comparison with the work of Hussain et al. [3], and the total

annual operating time is assumed to be 7920 h.

To comprehensively evaluate the proposed DPTCRD process, the environmental

impact and sustainability of the alternative process should be investigated [43].

Therefore, CO2 emissions evaluation is introduced in the proposed MMH synthesis

process. Generally, the steam used for reboiler in distillation system can be generated

by the traditional energy resources (i.e. coal, heavy fuel oil and nature gas). However,

it is difficult to evaluate CO2 emissions for the process involving in vapor

recompression system because both steam turbine and electricity driving can provide

the power of compressor. Besides, both traditional and new energy resources can be
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utilized to generate electricity. Herein, to make a fair comparison, two assumptions

are made: (1) the steam used in reboiler for MMH production system is generated by

heavy fuel oil, and (2) CO2 emission for the 1000 kW electricity power of a

compressor is set as 184 kg/h [17]. Following the suggestions of Gadalla et al. [44,

45], the CO2 emissions in MMH process have been calculated via Eq. 6.

fuel
2 emissions

Q C%(CO ) = ( ) ( )α
NHV 100

 (6)

where α represents the molar masses ratio of CO2 and C, which is set as 3.67. The

NHV denotes an abbreviation of net heating value and C% is carbon content. In this

study, NHV is 39771 kJ/kg because heavy fuel oil has been used to generate steam,

and the carbon content is 86.5 kg/kg. Qfuel denotes the heat duty of fuel required in this

system and can be calculated by Eq. 7.

seq F
fuel se

0
q

seq F S

–T– 419
Q TQ = (h ) ( )
λ T –T

  (7)

where λseq (kJ/kg) is latent heat of the steam, hseq denotes enthalpy of the steam and

Qseq (kJ) is the energy requirements in this process. TF, TS and T0 represent the flame

temperature (2073.15 K), the stack temperature (433.15 K) and the standard

temperature (298.15 K), respectively.

4 Computational results and discussion

4.1 Simulation and optimization of the proposed DPTCRD process

The ratio of MeOH and MH flow rate is essential for the DPTCRD process due

to its significantly influence on MMH yield and the determination of pressure in

DPTCRD. The fresh MH and MeOH flowrates are kept same with existing RD
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process. Thus, the MH recycle is determined firstly. TAC is set as objective function

to find optimal MH recycle rate. Of note is that there are two design specifications to

meet MMH yield and the demands of temperature difference for heat transfer. Fig.7

shows the effect of MH recycle flow rate on TAC. It is obvious that the optimal MH

recycle flow rate is 40.98 kmol/h.

Pressures in the HPC and LPC are essential for the DPTCRD process due to the

significantly influence in the product purities and energy requirements [46]. The

temperature of bottom stream in LPC is descended with the reduction of pressure of

LPC, which provides a potential for heat integration between the top vapor stream in

HPC and bottom liquid stream in LPC. To achieve the requirement of heat transfer,

the temperature difference is set to be greater than 8.0 K [10]. Fig. 8 illustrates the

effects of PLPC on compressor duty, compress ratio, heat transfer temperature

difference, and condenser duty of the HPC and reboiler duty of the LPC. Fig. 8a

presents that the pressure ratio is increasing with the decrease in the pressure of LPC.

As shown in Fig. 8b, the compressor duty is increasing with the increase in the

pressure ratio indicating more equipment investment is demanded. On the other hand,

The bottom temperature of the LPC varies from 387.4 to 395.0 K with the PLPC

increases from 0.34 to 0.43 atm, while the top temperature of the HPC maintains at

around 401.9 K, leading to the decrease of the heat transfer temperature difference.

Thus, PLPC should be decreased as far as possible on the premise of achieving

minimum heat transfer temperature difference, which is selected as 0.41 atm in this

work. Fig. 8 (d) shows that the condenser duty of the HPC is always more than the
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reboiler duty of the LPC, which means that the reboiler duty for the LPC can be

completely provided by the top vapor stream of the HPC. To make a fair comparison,

the feed conditions and product specifications in DPTCRD process are consistent with

those in the existing RD process. The flowsheet of the DPTCRD configuration is

depicted in Fig. 9.

In this process, the LPC is operated at 0.41 atm and the reboiler duty of LPC is

0.85 MW. The HPC is operated at 1.77 atm with the condenser duty of HPC is 2.69

MW. A compressor provided 0.32 MW with compressor ratio of 4.32. Of note is that

the temperature difference between the condenser in HPC and the reboiler in LPC is

8.5 K, meeting the demand of a normal heat transfer [47]. Thus, the reboiler duty of

LPC is provided by the vapor of HPC and the redundant duty of HPC is provided by

cooling water. The mixture D1 is then sent into the column C2 at pressure 10 atm,

high purity of DME is obtained at the top stream and MH with 99.9 mol% at bottom

stream is recycled to the HPC. Stream B1 is fed to the column C3 at pressure 0.1 atm

to obtain MMH with 99.9 mol% at overhead stream and high purity of MHOH is

obtained at the bottom stream.

Then, the optimal design parameters are obtained through sequential iterative

optimization procedure. The effects of the total stages of LPC (NLPC), the total stages

of C2 (NC2), the total stages of C3 (NC3), and the feed locations of C2 (NFC2) and C3

(NFC3) on the TAC are illustrated in Fig. 10. It can be observed that the rapidly

reduction on TAC when NLPC increases from 20 to 23 and the TAC increases when

NLPC increases from 23 to 25. Therefore, the optimal total stage of LPC is selected as
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23. Similar observations can be used for the other four parameters from Fig. 9. Thus,

the optimal NC2, NC3, NFC2 and NFC3 are 11, 15, 5 and 6, respectively. At the same time,

optimal mole reflux ratios of C2 and C3 are 1.15 and 0.105 via ‘Design Spec’

function in Aspen Plus.

The liquid composition profile and temperature profiles of the proposed

DPTCRD process demonstrated in Figs. 11 and 12. From Fig. 11 (a), the bottom

product at stage 21 of LPC contains MMH (desired) with 98.9 mol% and a little bit of

the MHOH product (undesired). Unreacted MeOH and excess MH together with

by-product DME is obtained at the top of HPC, as shown in Fig. 11 (c). The unreacted

MH will be recycled to the HPC after purifiing by C3 column. From Fig. 11 (b), the

temperature in the bottom of the reaction section (i.e., stage 13) is lower than the

permissible catalyst deactivation temperature (423 K). From Fig. 12 (a) and (c), the

distillate of C2 column is DME with the purity of 99.9 mol%, and the distillate of C3

column is MMH with the purity of 99.9 mol% while the bottom of C3 column is

MHOH with 99.9 mol%.

4.2 Heat integration of the optimized DPTCRD process

Fig. 13 shows the temperature-enthalpy diagram of the DPTCRD process. The

hot composition curve (HCC) marked as the red solid lines represents the available

heat in this DPTCRD system and the cold composition curve (CCC) marked as blue

solid lines denotes the heat demands of the process. QFH indicates the hot utility

demands (i.e., low-pressure steam) and QCW denotes the cold utility requirements (i.e.,

cooling water) of the DPTCRD process and they are 0.39 MW and 2.03 MW,
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respectively. The maximum possible heat recovery in the DPTCRD process

(described by the shadowed area in Fig. 13) is 1.29 MW.

In an attempt to reduce the requirements of energy in DPTCRD process and

improve energy integration between process streams, the design of HEN has been

developed by application of graphical pinch-analysis method [48]. The HEN design of

DPTCRD process is implemented in Aspen Energy Analyzer. According to the

temperature-enthalpy diagram in MMH production system, the top stream of HPC can

be utilized to heat the bottom stream of LPC and C3 and the it can use either a series

or a parallel arrangement. However, from a dynamic control perspective, the series

configuration suffers from problems of interaction between the units [49]. Thus, we

choose parallel configuration in this paper to avoid fluid mechanics and heat-transfer

problems because of the complexities of two-phase flow and heat transfer. The final

HEN of the DPTCRD process is presented in Fig. 14. The system is composed of six

heat exchanger units. E1 and E6 are self-heat exchangers while E2, E3 and E5 are

coolers utilizing cooling water. E4 is heater using high-pressure steam. The heating

and cooling requirements of the optimal HEN are 0.39 MW and 2.03 MW,

respectively. The final flowsheet of DPTCRD with the optimized HEN is

demonstrated in Fig. 15. The HI-DPTCRD process can respectively save 26.19% of

QFH and 17.85% of QCW than those of DPTCRD process.

4.3 Economic and CO2 emissions evaluations

The detailed economic evaluations including capital and energy costs of the four

configurations and individual units are shown in Fig. 16 and Table 4, respectively. It
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can be observed that two proposed DPTCRD and HI-DPTCRD configurations have

dominating advantages in economic benefits and energy consumption compared with

those of the RD configuration. The RD column is divided into an HPC and an LPC,

and the duty of reboiler in LPC reduces with the decrease in operation pressure

leading to lower energy consumption. Moreover, energy cost can be further decreased

by the heat-integration of DPTCRD process in which the redundant duty of the vapor

stream in HPC is utilized as heat source for the bottom streams of LPC and C2.

Compared with the RD process, energy costs of proposed DPTCRD and HI-DPTCRD

process are decreased by 33.53% and 45.76%, respectively. In fact, TAC includes

both energy costs and capital costs. Hereby, compared with the RD process, the TAC

of proposed DPTCRD and HI-DPTCRD process are reduced by 23.80% and 29.17%,

respectively. In addition, the TAC of HI-DPTCRD process is saving by 20.01%

compared with HI-RD process. The computational results illustrate that the

HI-DPTCRD is the most promising configuration among the four MMH production

processes due to the higher thermodynamic efficiency in reducing the energy

requirements of the rebolier.

The CO2 emissions of proposed two alternative configurations and the existing

RD and HI-RD process have been illustrated in Table 5. The CO2 emissions of HI-RD

process decreases by 24.34%. Compared with existing RD process, the CO2 emissions

of proposed DPTCRD and HI-DPTCRD configurations for MMH synthesis process

are respectively reduced by 55.57% and 75.04%, respectively. This significant

reduction mainly attributes to the reduction in total reboiler duties of the alternative
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designs.

5 Conclusions

A novel process combining different pressure thermally coupled reactive

distillation (DPTCRD) and heat-integration technology for the synthesis of

2-methoxy-2-methyl-heptane (MMH) is proposed in this work. Firstly, the DPTCRD

process is designed and optimized to save energy and capital costs. To further save

energy consumptions, the temperature-enthalpy diagram is used to analyze the

energy-saving potential of the alternative process and the heat exchange network is

then utilized to design the optimal heat integration of the DPTCRD process.

Reactive distillation (RD), DPTCRD and heat integration-DPTCRD

(HI-DPTCRD) processes are comprehensively evaluated from the views of financial

and environmental performances. The results demonstrate that HI-DPTCRD process

is the most promising configuration among the four approaches for the MMH

production. Due to the decrease both in capital and energy costs, the TAC of

HI-DPTCRD process can be reduced by 29.17% and 7.02% compared with those of

the RD and DPTCRD processes, respectively. In addition, it is found that the CO2

emissions of the proposed HI-DPTCRD configuration can reduce 75.04% compared

with that of the RD process owing to the reduction in energy consumptions.

It is worth mentioning that the proposed process may be not suitable for the RD

process that have the large temperature difference between top vapor stream and

bottom liquid stream because a huge capital costs is needed in this process. However,

the proposed method for the HI-DPTCRD configuration could be widely extended to
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other similar processes such as reactive dividing wall column to achieve reduction in

TAC and sustainable development.
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Fig. 1. Existing MMH process using the RD configuration

Fig. 2. Existing MMH process by the RD with heat integration
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Fig. 3. Proposed procedure for optimal design of MMH production process using
DPTCRD technology

Fig. 4. Molecular structures of MMH and MHOH
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Fig. 5. The proposed DPTCRD process for the synthesis of MMH

Fig. 6. Sequential iterative optimization procedure of DPTCRD process
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Fig. 7. The effect of MH recycle rate on the TAC

Fig. 8. Effects of operation pressure in LPC on (a) compress ratio (b) compressor duty (c)
heat transfer temperature difference (d) condenser duty of the HPC and reboiler duty of the LPC
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Fig. 9. The optimal DPTCRD configuration for the MMH production
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Fig. 10. The effects of (a) the total stages of LPC (NLPC), (b) the total stages of C2 (NC2), (c) the

total stages of C3 (NC3), (d) the feed locations of C2 (NFC2) and (e) C3 (NFC3) on the TAC
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Fig. 11. Liquid composition and temperature profiles in (a, b) HPC and (c, d) LPC

Fig. 12. Liquid composition and temperature profiles of (a, b) C2 and (c, d) C3
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Fig. 13. Temperature-enthalpy diagram of the DPTCRD process

Fig. 14. The final heat exchanger network of the DPTCRD process
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Fig. 15. The optimal flowsheet of HI-DPTCRD process

Fig. 16. Economic comparisons of the RD, DPTCRD and HI-DPTCRD processes

Table 1. Kinetic parameters from Griffin et.al [4]

parameters unit r1 r2
forward reverse

k (overall reaction rate) kmols–1kg–1cat 6.7×107 2.1×10-6 1.3×109

E kJkmol–1 90000 900 105900
concentrations mole fraction xMH xMeOH xMMH (xMeOH)2
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Table 2. Simulation parameters of RD process

parameter reactive distillation column C2 C3
number of stages 35 12 15
feed locations 13/1 5 8
reaction section 2-12 - -
reflux ratio 3.61 0.80 0.16
pressure (atm) 1.77 10.00 0.10
liquid holdup (m3) 0.75 - -

Table 3. Basis of economics and equipment sizing

column diameter (d): Aspen Plus tray sizing
column height (h): NT trays with 2 ft spacing plus 20% extra length
column and other vessel (d and h are in meters)

1 006 0 802capital cost 937 64 2 18 3 67
280 col col
M S d h 

      
 

. .&
($) . ( . . )

column Tray (d and h are in meters)
1 55capital cost 97 24 1 0 1 7

280 tray
M S d h 

      
 

.&
($) . （ . . ）

reboilers (area in m2)
heat-transfer coefficient = 0.568 kW/K·m2

differential temperature = steam temperature − base temperature
0 65capital cost 474 67 7 35

280
M S A 

    
 

.&
($) . .

coolers (area in m2)
heat-transfer coefficient = 0.852 kW/K·m2

differential temperature = aLMTD of (inlet or outlet temperature −315 K)
0 65capital cost 474 67 5 29

280
M S A 

    
 

.&
($) . .

heat exchanger (area in m2)
heat-transfer coefficient = 0.852 kW/K·m2

differential temperature = aLMTD of inlet or outlet temperature
0 65capital cost 474 67 5 29

280
M S A 

    
 

.&
($) . .

compressor
0 82capital cost 410 85 2 18 1

280
M S bp 

     
 

.&
($) . ( . )

energy cost
low pressure steam = $7.78/GJ (5 bar, 160 °C)
medium pressure steam = $8.22/GJ (5 bar, 184 °C)
high pressure steam = $9.88/GJ (5 bar, 254 °C)
electricity = $16.80/GJ
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cooling water = $ 0.354/GJ (32 to 40 °C)
catalyst cost=$10/kg

aLMTD: logarithmic mean temperature difference; bbp represents power of compressor.

Table 4. Economic comparison of four configurations for MMH production process

RD HI-RD DPTCRD HI-DPTCRD

RDC/HPC shell cost (106 $) 2.003 2.003 0.816 0.816

HX cost (106 $) 0.788 0.666 0.096 0.080

EC(106 $) 0.343 0.259 0.019 0.019

LPC shell cost (106 $) - - 0.327 0.327

HX cost (106 $) - - - -

EC(106 $) - - - -

C2 shell cost (106 $) 0.116 0.116 0.064 0.064

HX cost (106 $) 0.237 0.237 0.165 0.165

EC(106 $) 0.203 0.203 0.110 0.110

C3 shell cost (106 $) 0.266 0.266 0.242 0.242

HX cost (106 $) 0.166 0.083 0.228 0.082

EC(106 $) 0.046 0.006 0.103 0.006

heat exchanger CC (106 $) - 0.067 0.205 0.359

EC(106 $) - - - -

compressor CC (106 $) - - 0.774 0.774

EC(106 $) - - 0.140 0.140

catalyst cost (106$) 0.066 0.066 0.066 0.066

total CC(106 $) 3.576 3.439 2.917 2.909

total EC (106 $/y) 0.659 0.534 0.438 0.341

TAC(106 $/y) 1.851 1.681 1.410 1.311

TAC saving (%) 9.18 23.80 29.17

Table 5. Comparison of the CO2 emissions of the four processes
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devices RD HI-RD DPTCRD HI-DPTCRD
energy (MW) reboiler 1 1.35 0.98 - -

reboiler 2 0.73 0.73 0.39 0.39
reboiler 3 0.18 - 0.44 -

(CO2)emissions,S (kg/h) 764.00 578.07 280.58 131.84
electrical (MW) compressor - - 0.32 0.32
(CO2)emissions,E (kg/h) - - 58.88 58.88
total (CO2)emissions (kg/h) 764.00 578.07 339.46 190.72
saving (%) 0.00 24.34 55.57 75.04




